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Abstract

In a high-temperature membrane reactor, one of the reaction products is selectively removed from the reaction mixture,
thus preventing the mixture from reaching equilibrium. In a previous study [1], a CVI-silica membrane was used for the
direct dehydrogenation of propane in a high-temperature catalytic membrane reactor, Sklsdtive membrane had only
a moderate permeation~(40x 10~° mol/m?Pas) and a limited pC3Hg permselectivity ¢o ~ 70-90 at 500C). These
experiments proved that (at 580) the propane conversion could be improved from the equilibrium vali8%) to a value
which is about twice as high. The increase was however only significant for relatively small values of the propane feed stream
<16.5umol/s. This is because at high propane feed, the hydrogen cannot be removed fast enough through the membrane and
conversion is again limited by the thermodynamic equilibrium. In this study, the comparison is made between the performance
of the CVI-silica membrane and a Pd/Ag membrane when used astbaléttive membrane. The performance of the Pd/Ag
membrane is far superior to the performance of the,Si@mbrane. H fluxes of more than 0.1 mol/fs were measured
and the H/Ar permselectivity exceeds 4500. When it is run under comparable conditions, the performance of the Pd/Ag
membrane reactor is much better. The increase in propane conversion persists at values of the propane feed stream that are
about six times higher (1Qbmol/s).

Since the H is selectively removed from the reaction mixture, it is not available for any competitive side reactions. The
production of methane, which limits the propene selectivity of the reaction in a conventional plug-flow reactor, is much less in
a catalytic membrane reactor. This means that the selectivity in the membrane reactor is higher than in the plug-flow reactor
when they are run under similar conditions. ©2000 Elsevier Science B.V. All rights reserved.
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1. Introduction ysis/cracking furnaces. Besides economical reasons,
two main fundamental problems are responsible for
The direct dehydrogenation of alkanes to alkenes the lack of commercial application of direct dehydro-
can be found in literature since the early 1930s. Com- genation of propane. First, the dehydrogenation reac-
mercially however, alkenes are mainly produced by tion (Eg. (1)) is endothermic.
fluid catalytic cracking or as a by-product from pyrol- CaHg — CaHg + Ha (1)

- For this dehydrogenation reaction, withﬁaH%3K of
Corresponding author. Fax:32-14-32-11-86. R .
E-mail addressweytenh@vito.be (H. Weyten). ca. 130kJ/mol, the equilibrium conversiogeg) at
1 On leave from University of Twente, Inorganic Materials Sci- atmospheric pressure is limitedtd.8% at 500C and
ence, Faculty of Chemical Technology, Enschede, The Netherlands. ~50% at 600C.
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The second reason is that the activity of the com- catalyst. The effect of removingdfrom the reaction
mercial catalysts for this reaction is not very high and mixture on the GHg conversion, the gHg yield and
that deactivation due to coke formation is rather fast the selectivity will also be mentioned in this paper.
(<1h at 600C). Platinum/alumina (Pt/AD3) and
chromia/alumina (GiOs/Al»03) are the two types of
catalysts that are commonly used. Many studies on
dehydrogenation reactions of alkanes can be found in
literature, dealing with the reaction mechanisms [2-3]
and with the rate of reaction [4-5]. All concerned 2-1. The membrane
authors mention the problem of coke formation and
deactivation of the catalyst as a function of time.  Different kinds of gas separative membranes can
Oxidative dehydrogenation can be an alternative, but be used to separatepHrom a gas mixture. Palla-
the mixing of oxygen in the feed stream requires dium [6] or a palladium/silver alloy, porous glass [7],
the necessary safety precautions and can also lead tdnesoporous alumina [8—9] and different types of silica
non-selective gas-phase reactions. [L0-12] are the materials that are commonly used for

In recent years, a completely different approach is these H selective membranes. The use of Pd mem-
being considered: the catalytic membrane reactor. In branes in (catalytic) membrane reactors was pioneered
this concept, one of the products Hs removed from by Gryaznov and his co-workers in Russia [14].
the reaction mixture using a gas separative membrane. Recently, Johnson Matthey developed a thin film
By selectively removing the hydrogen, the equilibrium Pd/Ag membrane on an alumina support, which is
composition of the reaction mixture is changed and commercially available. One of these membranes
the production of propene increases. Sometimes thisis used for these experiments. The tubulap@y
effect is incorrectly calledcheating the equilibriurn membrane is 200mm long and has an outer diam-
In reality, the fact is used that the thermodynamic equi- €ter of 25mm. On the outside of the tube, the H
librium constant does not change if the temperature is Selective Pd/Ag top layer is deposited by chemical
kept constant. plating [15-16] (on a~10-.m thick y-Al2O3 inter-

In a previous study []_], the direct dehydrogenation mediate Iayer). The thickness of the gas selective
of propane to propene ina packed-bed-cata|ytic mem- Pd/Ag thin film is ca. 75,m and the silver content of
brane reactor was described using a chemical vapourthe alloy is 20-25%. The CVI-silica membrane that
deposition (CVI)-silica membrane [13]. The catalytic Was used in the previous study wa250 mm long
membrane reactor experimentg (at %Dproved that and had an inner and outer diameter of, respectively,
the concept really works and that the propane con- ~7 and~10mm (Table 1). Both membranes were
version could be improved to a value which is more mounted in a stainless-steal module using graphite
than twice as high than the thermodynamic equilib- seals at both ends. The membrane characteristics are
rium (~18%). However, the increase was only signifi- determined by single gas permeation and binary gas
cant at low weight hour space velocity (WHSMmass ~ separation measurements in ‘delterop membrane
[g] of C3Hg feed gas per hour per gram of catalyst). test apparatugMTA) [1].

For the experiments that are described in this pa-
per, a commercial Pd/Ag membrane (from Johnson ...,

Matthey) is used. The performance of this membrane piterences in membrane reactor configuration
is superior to the CVI-silica membrane; both what the ,

. . . Membrane Pd/Ag CVI-Si9
permeation and the separation characteristics are con-
cerned. The catalytic membrane reactor experiments Dimensions

2. Experiments

are performed under similar conditions. The results of !nner diameter (mm) 21 !

the experiments will be discussed and compared to theOUter diameter (mm) 25 10
p : . P Length (mm) 200 250

results that were obtained with the CVI-silica mem-  gyrface area (16 m?) 140 60

brane. The dehydrogenation reaction was also stud-

.. . . Amount of catalyst (g) 21 7.5
ied in a conventional plug-flow reactor using the same
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2.1.1. Flux () and permselectivityo)
The gas flux ¢) and permselectivityofp) are de-
termined by single gas, flow controlled permeation

5

to the inverse square root of the molecular mass
(Ko o 1/+/M). Knudsen membranes can therefore
separate gasses with a different molecular mass. The

measurements. For these measurements, the pressurdénudsen separation factor is then defined as:

at the feed sidepg) and at the shell sidgo() are mea-
sured for a fixed feed gas flow at a constant temper-
ature. The permeatiorF¢ [mol/m?Pas)) is defined
as the gas flux through the membrade=£ f/S= flow
per unit of surface area [mol4s]) divided by the
pressure differenceAp), which acts as the driving
force. The H transport mechanism through a dense
Pd/Ag membrane is quite different from the transport
mechanism through a microporous silica membrane.
The H, flux through noble metals (like the Pd/Ag
membrane) is a special case of a solution/diffusion
mechanism [17-18,20]. The >H molecules are
adsorbed and catalytically dissociated on the metal
surface and can subsequently diffuse through the
metal matrix. On the other side of the membrane, the
recombination and desorption takes place. The rate of
diffusion can be described in terms of Fick’s first law:
D, = (o — ) = Folry — ) @
The permeationHp) is the permeability k) per unit
of diffusion length ¢ is the thickness of the Pd/Ag
top layer). Assuming that the diffusion of hydrogen
through the bulk of the palladium membrane is rate
limiting compared to the bldissociation at the mem-
brane surfacey = 1/2 (Sievert's law) because the con-
centration of dissolved hydrogen is proportional to
the square root of the hydrogen pressure. This means
that the hydrogen is transported through the metal as
atomic species [21]. Several experiments have shown
that the B flux through a Pd membrane can better
be described with an exponent B3 < 0.8 [19]. In
principal, other gases should not be able to diffuse
through the dense metal membrane. This implies that
the H separation factor should be infinited].
Traditionally, the diffusion through the microp-
orous silica membrane [1] is described by the Knud-
sen/Poiseulle law:

() _
— = Fox + Fop = Ko+ Bop

F
OAP

= 3
where mean pressuge=1/2 (pn + pi) [Pa].

The permeation of pure Knudsen membranes
(Bo=0) is independent of pressure and proportional

A

B

Mp
N ( ) \ Ma “)
Both the transport mechanism o diffusion through
dense noble metal membranes (Eqg. (2)) and the gas
transport through microporous membranes (Eqg. (3))
can be described by the Fick’s first law. Because H
is transported through the metal membrane as atomic
species and not as a molecule, the fl® (s propor-
tional to the square root of the pressune<(1/2). In
microporous membranes, no dissociation takes place
and the gasses are transported as molecules. The flux
(®) is therefore directly proportional to the pressure
difference (Ap) (h=1). In both cases, the proportion-
ality factor is the permeatior-g). The permselectiv-
ity (ap) is the ratio of the permeation values of two
gasses measured at the same temperature:

(3) -7
Qo
T=Ct*®

B Fo(B)
2.1.2. Binary gas separation:)

The binary gas separation measurements are per-
formed in the MTA using a mixture of #{and Ar as a
feed gas. At the shell side, a sweep gas)(l¥ used.
The pressure difference\@) can be set by individu-
ally controlling the pressures at the feed sigg) @nd
at the shell side(). The compositions of the perme-
ate and retentate are determined by a gas chromato-
graph (GC) which is equipped with a hot wire detector
(HWD). The separation factow] can be calculated
from the molar ratiosX) of the two gasses in the per-
meate and the feed:

]feed

(%) =[5l

Ar
2.2. The catalytic membrane reactor

(®)

Xrp
XAr

Xrp
XAr

(6)

In order to be able to compare the results of
using different H selective membranes in the cat-
alytic membrane reactor experiments, the same chro-
mia/alumina (CsOs/y-Al203) catalysts is used as in
the experiments with the SfOmembrane [1]. The
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catalyst does not contain any promoter elements andonly the propene production in the retentate is consid-
the specific surface area (BET) is between 80 and ered. The products that diffuse through the membrane
90 n?/g. The membrane reactor tube is filled with to the shell side are not taken into account in these
~21g of catalyst with a grain size between 200 and calculations and are considered as waste which are not
500nm. For these experiments, the reactor is run at recovered.

500°C and at atmospheric pressure at both sides of

the membranepg =p = 0.1 MPa); the same condi- Yeahe = LxcsHeJret x 100% ®)
tions that were used in the previous study [1]. The Yo

only differences between the two sets of experiments oc,n, = —>— x 100% 9)

are the dimensions of the membranes and the amount CsHs

of catalyst that is used in the catalytic membrane unless stated otherwise, molar propene yield and se-
reactors (Table 1). lectivity are used in this paper instead of carbon yield

The driving force for the i transport through the  and carbon selectivity.
membrane is created by using an inerpSweep gas
in a co-current mode. Undiluted propanesk) is
used as the feed gas. 3. Results and discussion
The compositions of the permeate and the reten-
tate are measured with a gas chromatograph. The con-3 1 The Membrane
version €) can be calculated from the difference in
propane concentration between the retentate and the3.1_1_ Flux () and permselectivityog)

feed: The gas flux was measured at constant temperature
3 | XCaHs Jfeeq — [ XCaHs | et 100% ; (400 and 500C) using vacuum at the shell side of the
§CaHg = [XCatio] X 0 () membranef§ < 10-3 MPa). At the feed side, the pres-
38 Ifeed

sure @) was varied between 0.05 and 0.6 MPa. The
At 500°C and 0.1 MPa the conversion is limited by most significant results of the single gas permeation
the thermodynamic equilibrium to a value of ca. 18%. measurements (gas flux and permselectivity) are given

For the yield {) and the selectivityf) of the reaction, in Table 2. Because of the differeng ttansport mech-
Table 2
Results of the single gas permeation measurerfients
Membrane,M Gas flux,® (10-3 mol/in?s)

Pd/Ag (AP =140x 104 m?) Si0, (AP =60x 1074 m?)

Ho He No Ar H» He N> CsHg

2.02 4.00 28.01 39.95 2.02 4.00 28.01 44.10
400°C, pn=0.1MPa 74.3 0.05 (8) 0.02 (9) 0.02 (0) 3.13 17.3 0.20 0.22
pn=0.3MPa 145 0.14 (4) 0.06 (3) 0.04 (5) 9.93 52.2 0.79 0.88
500°C, pn=0.1 MPa 86.7 0.05 (6) 0.02 (6) 0.01 (8) 13.9 51.0 0.19 0.15
ph=0.3MPa 170 0.14 (0) 0.05 (6) 0.03 (9) 42.9 156 0.68 0.64
Knudsen &kn) Permselectivitypoo

H2/He H2/N2 H2/AI’ He/Ar H2/He H2/N2 H2/C3H8 He/C3H3

1.41 3.72 4.45 3.16 1.41 3.72 4.67 3.32
400°C, ph=0.1 MPa 1275 2550 3640 2.90 0.18 15.7 14.2 78.6
pr=0.3MPa 1010 2305 3190 3.20 0.19 12.7 11.4 60
500°C, ph=0.1 MPa 1555 3280 4915 3.11 0.27 73.2 92.7 34.0
pr=0.3MPa 1210 3030 4410 3.59 0.28 62.2 68.1 247

aGas flux b) and permselectivitya() of the Pd/Ag and the Si®membranesp, < 10-3MPa (vacuum).
b Effective surface area.
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2.0 ‘ ‘ : For the Pd/Ag membrane, a Knudsen-like transport
| ® =6.4210° p"* I ' mechanism seems to be controlling the diffusion of all
~§ 225 1 : : :/‘ """"" gasses exceptHThis indicates that there are probably
= : T some microporous defects in the Pd/Ag top layer of
E 250 |- : e 4 : - the membrane.
o | ¢ 5 The transport hanism for the mi ili
=) : » : port mechanism for the microporous silica
Ea2nl D A B membrane is not fully clear. Only at high temperature
R ; § (2450°C) a Knudsen like dependence of the perme-
-3.00 i : i ation on the molecular mass is observed for the heav-
105 11.0 115 12.0 12.5 ier gasses (CH CsHg, CO, and l\b) There is still,

In however, a small pressure dependence. The perme-
(p) [Pa] . o _
ation of these gasses decreases with increasing tem-
Fig. 1. Hp flux vs. pressure measured at 400 perature, but does not follow the Knudsen/Poiseulle
law (Eqg. (3)). Helium and hydrogen are activated by
temperature withe; = 17-20 kd/mol for both gasses.
anisms through the different membranes, it is difficult Contrary to the Knudsen transport mechanism, the He
to compare the permeation values. Therefore, the gasflux (M =4.00) through the CVI-silica membrane is
fluxes are given in Table 2 instead of the permeation actually higher than the Hlux (M =2.02). This could
values. be due to a possible interaction of the hydrogen with
The pressure dependence of the ftux for the the silica material. It is not very likely that the small
Pd/Ag membranen(in Eq. (2)) was found to be to  difference in kinetic diameter between the two gasses
the power 0.61 (Fig. 1), which is a relatively good (dkin(He)= 0.260 nmdin(H2) =0.289 nm) is respon-
match to the theoretical value of 0.5. The #iffusion sible for the higher He flux.
through the metal membrane is activated by tempera-
ture and can be described by an Arrhenius equation.
The activation energyy) is ~11-12kJ/mol. Thisis  3.1.2. Binary gas separation)
a little lower than the H activation energy that was The Hy/Ar separation measurements were per-
found for the SiQ membrane, but the Hpermeation formed at atmospheric pressurmg, &p =0.1 MPa)
of the silica membrane at 400 is 15-25 times lower  and at 400 and 50C€. The experiments were done
than through the Pd/Ag membrane. At 500 the per- using H + Ar mixtures that contained 50 and 90%
formance of the silica membrane is much better. The H,. The total feed flow for these experiments were
H> flux is only about five times lower than for the kept constant at 100sccm (‘standard cubic centime-
metal membrane. tres per minute’: criymin STP). At the shell side,
Although no gasses other than Bhould be able to a constant flow of N was used. The results of the
diffuse through the dense Pd/Ag membrane, in reality binary gas separation measurements as a function of
there is still a very small flux of other gasses that can the sweep gas flow is shown in Fig. 2.
permeate from the feed side to the shell side of the Despite the low driving force for permeation, the
module. These other gasses can permeate through veryPd/Ag membrane performs very well. The real sep-
small defects in the Pd/Ag top layer and/or through aration factor ¢) is dependent on the sweep stream
very small leaks at or in the graphite seals. Because flow. When a high sweep stream is used, thethat
of these small leaks, the hydrogen permselectivity is is permeating through the membrane is removed from
limited (<o0). Despite these parasitic gas fluxes, the the membrane surface very effectively. This is essen-
gas separation characteristics of the Pd/Ag membranetial to keep the H partial pressure over the membrane
are much better than the characteristics of the silica as high as possible, which results in a betterttdns-
membrane when measured under the same conditionsport. With these high sweep streams, the real separa-
Because palladium is a well-known catalyst for dehy- tion factor approaches the ideal permselectivity. These
drogenation reactions of alkanes, it is not possible to results are consistent with similar experiments relating
measure the propane permeation at high temperatureto observations with the CVI-silica membrane [1].
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o009 > ; that were done previously with the SiGnembrane
. : [1]. These experiments were done at 300and at
4000742 RN e = atmospheric pressure at both sides of the membrane
3 7 & .-. (ph=pm =0.1MPa). By using a N sweep gas (in
2000 _,,-,:,,_,_j_'.:,:.,:::::;_e:: a co-current mode), a partial pressure difference is
A T created which acts as the driving force for the H
&g" ‘ ‘ permeation through the membrane. The feed for these
0 - ‘ experiments was undiluted propaneg).
0 250 500 750 In a first series of experiments, a constant flow
Nz mneep flow fancu) of N2 (1000sccm) was used as the sweep gas and
& T i the GHg feed flow was varied (closed symbols in
T 500°C 500°C 400°C Fig. 3). Chz_inging the flow of the_ feed stream means
HyAr 50%+50%  90% +10%  50% + 50% that the weight hour space velocity (WHSV) changes

because the amount of catalyst in the reactor is con-
Fig. 2. Ho/Ar separation factora) vs. N, sweep stream flow at ~ stant. It is clear that the performance of the Pd/Ag

400 and 500C for Hy -+ Ar=50+50% and 90:- 10%. membrane reactod) is better than what was found
for the SiQ reactor @). The general behaviour is the
3.2. The catalytic membrane reactor same for both reactors: by selectively removing one

of the products (k) from the reaction mixture the
At 500°C, the deactivation of the catalyst is rela- propene vyield Y(C3Hg)) can be improved to values
tively slow. The propane conversio#)(is stable for higher than the thermodynamic equilibrium compo-
at least 7 h; thei gradually decreases (to half of its sition. The increase in §Hg yield is only noticed
original value in ca. 30h) due to coke formation on for low values of the WHSV:<0.8h1 in this case
the catalyst. The catalyst can easily be regenerated byof the Pd/Ag membrane reactor. For the CVI-silica

burning of the coke over night (at 500) in a 4% Q membrane reactor thiscritical WHSV valug is
in N2 mixture. After the catalyst is oxidised it needs <0.35h! which is 2.3 times lower (Fig. 3a). How-
to be reactivated in pureH100 sccm) for ca. 1 h. ever, 2.8 times more catalyst is present in the Pd/Ag

The most important results of the membrane reactor (Table 1). This means that the propane feed
reactor experiments are shown in Fig. ®) (for the stream, at which the conversion becomes higher than
Pd/Ag membrane reactor anll)(for the experiments  the theoretical equilibrium value dfitical value for

100 ; i 100
= T = 500°C =
£ B : : ‘| p=0.1MPa £ 7
E: S0 T g i T E 50
) i 8 R O g i
= 25 i . . b = 25 i : —t
Elr—n_;__y_g.fof—ﬂ e T . . B—
0 F T T T - = €
0 ‘
0.00 0.25 0.50 0.75 1.00 1.25 0 50 100 150
-1
WHSYV (h™) C;Hjg feed stream (pmol/s)
. ™ o o
Memb Pd/A, Sio Pd/A Si0. - © -
embrane: g i0, g i0, o ) )
Sweep gas: € N, sweep >¢  H,sweep - Membrane: Pd/Ag 5i0; Pd/Ag 510,

Sweep gas:€  N,sweep > € H,sweep >
Thermodynamic equilibrium: — se——

(a) (b)

Thermodynamic equilibrium:

Fig. 3. Propene yield¥(CsHg)) vs. WHSV (a) and vs. propane feed stream (b) at°B0@ndp=0.1 MPa. (@) Pd/Ag membrane,l)
SiO, membrane; open symbols:Hweep, closed symbols:,Nsweep).



H. Weyten et al./Catalysis Today 56 (2000) 3-11 9

the propane feed stredjris ~105umol/s for Pd/Ag H2/C3Hg separation factors of the SiGmembrane,
which is ca. 6.4 times higher than what is found for some propane and propene also diffuse through the
SiO, (~16.5umol/s) (Fig. 3b). membrane from the feed side to the shell side of the
It is unknown, and very difficult to determine the reactor. For the calculations of the propene yield that
amount of catalyst, which is effectively participating in are represented in Fig. 3, only the retentate gas mix-
the dehydrogenation reaction. Experiments that were ture is considered and that the products in the perme-

done in a conventionalplug-flow reactotr (with di- ate are not taken into account. Furthermore, also some
mensions that are comparable to the Si@embrane of the propane diffuses to the shell side of the §iO
reactor) with the same @D3/Al O3 catalyst, indi- membrane reactor and will not be able to participate

cated that the reaction is very fast under the processin the reaction. The separation factor for the Pd/Ag
conditions that are used. The experimental propane membrane reactor is at least 75 times higher than
conversion is very close to the theoretical thermody- for the silica membrane and the diffusion of propane
namic equilibrium value, even when a limited amount and/or propene from the feed to the shell side almost
of catalyst &5 g) is used. If the activity of the catalyst negligible. This means that, in the case of the SiO
is indeed this high, only a small amount of catalyst membrane, some of the propene diffuses into the per-
is really participating in the reaction. Therefore, it is meate stream and is considered as waste, while in the
reasonable to assume that the performance of the twocase of the Pd/Ag membrane, almost all the propene
reactors should be done as function of théHg feed remains in the retentate and contributes to the yield
stream (Fig. 3b) instead of using the WHSV (Fig. 3a). that is represented in Fig. 3. This extra contribution to
If the propane feed stream is higher than the criti- the propene yield in the case of the Pd/Ag membrane
cal value, the equilibrium composition is found. This reactor explains the larger difference in performance
means that the reaction rate, under these reaction con-between the two membrane reactors.
ditions, is high enough to reach equilibrium and that At very low values of the feed stream, the difference
the conversion is limited by the thermodynamics of in performance between the two membrane reactors
the reaction. It also means that the hydrogen perme-is getting smaller. This can also be contributed to the
ation rate through the membrane is too low (compared difference in membrane selectivity. In the case of the
to the reaction rate) to effectively remove enough H silica membrane, the Nsweep gas is diffusing from
fast enough from the reaction mixture to make a dif- the shell side into the feed side of the membrane reac-
ference. In our previous study [1], the idea was already tor. Because of this back diffusion of the sweep gas,
put forward that a higher Hpermeation rate would the reaction mixture is diluted by NBy diluting the
give a higher ¢ritical feed stream valueThe H, flux reaction mixture, the theoretical yield (according to
through the Pd/Ag membrane is ca. 6.2 times higher Le Chatelier’s law) is higher than the thermodynamic
than the H flux through the CVI-silica membrane (at CsHg yield for the pure gas~18%). Although this
500°C and 0.1 MPa) (Table 2). This is almost identi- dilution effect cannot be responsible for the increase
cal to the 6.4 times highectitical feed stream value in conversion that is observed [1], it can explain why
that is found for the Pd/Ag membrane reactor com- the difference in performance between the Pd/Ag and
pared to the Si@membrane reactor. the SiIQ membrane reactors is becoming smaller at
The performance of the Pd/Ag membrane reactor is very low values of the feed stream. While the reaction
even better if the feed streams are compared at whichmixture is diluted by the sweep gas in the case of the
the propene yield is two times the thermodynamic silica membrane, the Nback diffusion through the
equilibrium value. For the Pd/Ag membrane reactor, Pd/Ag membrane is negligible.
this propene yield of 36% is reached with gHg feed When, instead of nitrogen, hydrogen is used as a
stream 0f~35.3umol/s; about eight times higher than sweep gas, the effect of the membrane reactor is by-
the value in the case of the silica membrane reactor passed; it is even reversed (open symbols in FigD3}; (
(~4.38umol C3Hg/s). The reason why the difference Pd/Ag and (0) SiO, membrane reactors). Because of
in membrane reactor performance is even higher in the H, partial pressure difference over the membrane,
this case is due to the higher selectivity of the Pd/Ag part of the H will diffuse from the shell side into the
membrane. Because of the relatively low/83Hg and reaction mixture. According to Le Chatelier’s princi-
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ple, the conversion has to go down. In this mode of for Pd/Ag versus~14 mmol/nts for SiG. The dif-
operation both reactors behave exactly alike as would ference in permselectivity is even more pronounced.
be expected. This proves that Le Chatelier’s principle «(H2/N>) is ca. 3300 for the Pd/Ag membrane, which
is followed and that the principle of the membrane is ~45 times higher than for the SpOmembrane
reactor is nothing more than using the equilibrium («(H2/N2)~ 73).
constant. The general behaviour of the propane dehydro-
The GHg molar selectivity is for all the measure- genation experiments is the same for both catalytic
ments that were done in the Pd/Ag membrane reactor membrane reactors. It confirms that the concept of
very high (at least between 85 and 95%). When a low the catalytic membrane reactor does indeed work.
propane feed stream is used, the residence time of theThe propene yield can be much higher than what

gas mixture in the reactor is long. Because the catalystis predicted by the thermodynamic equilibrium. The

is not 100% specific, the selectivity will be a little bit
lower. The decrease in selectivity is however not dras-
tic. The selectivity of a membrane reactor (both for the
Pd/Ag and the Si@membranes) is in any case higher
than what is found using a conventional plug-flow
reactor (under the same operating conditions). The
main by-products are methane (g@Hethane (GHg)

and ethene (&H4), which result from the catalytic
cracking reactions. By selectively removing ftom

the reaction mixture, much less of these byproducts
are produced and the selectivity is improved. Further
experiments in a conventional continuous plug-flow
reactor are being carried out to confirm this.

4. Summary and conclusions

From the experiments, it is clear that the concept of
the catalytic membrane reactor works if the right pro-

increase in @Hg yield is only noticed when the feed
stream is lower than a critical value. Thieritical
feed stream valudCFSV) for the Pd/Ag membrane
reactor (~105umol/s) is ca. 6.4 times higher than for
the CVI-silica membrane reactor{6.5umol/s). If
the propane feed stream is higher than the CFSV the
reaction is limited by the thermodynamic equilibrium.
This means that, under these process conditions, the
reaction rate is still high enough to reach equilibrium,
but that the H permeation rate through the membrane
is too low (compared to the reaction rate) to effectively
remove enough H fast enough from the reaction
mixture. Because thetlux through the Pd/Ag mem-
brane is ca. 6.2 times higher than in the case of the
SiO; membrane, the CFSV will also be higher@.4
times) in the case of the Pd/Ag membrane reactor.
The difference in performance between the two
types of membrane reactors becomes larger with de-
creasing values of the feed stream. The propene yield

cess parameters are used. These parameters depend és two times higher than the equilibrium value for
the quality of the gas separative membrane and thata propane feed of-35.3umol/s in the case of the

of the catalyst. The relationships between the reaction
rate, the flow rate of the feed gas and the pérme-
ation rate are very important in optimising the condi-
tions for the direct dehydrogenation process.

In this paper, the performance of a commercial

Pd/Ag membrane reactor; about eight times higher
than the value in the case of the silica membrane
reactor (~4.38umol CsHg/s). Because of the high
H> selectivity of the Pd/Ag membrane, almost no
propane and propene diffuses through the membrane

Pd/Ag membrane (Johnson Matthey) was compared into the shell side of the reactor and almost all of the
to the performance of a CVI-silica membrane (Media propene that is produced will contribute to the value
and Process Technology) which was used in previous that is represented in Fig. 3. Because of the lower
experiments [1]. For the propane dehydrogenation selectivity of the silica membrane reactor, some of

experiments, the same commercial,Gs/y-Al2,03
catalyst was used (grain size200-50Q.m and BET
specific surface area80-90 nt/g).

The performance of the Pd/Ag membrane is in all
respects superior to the performance of the CVl-silica
membrane. The pure Hflux is (at 500C and with
Ap=0.1MPa) ca. 6.2 times higher87 mmol/nfs

the propene will diffuse through the membrane to

the permeate side. This propene concentration is not
taken into account in the value of the propene yield

that is represented in Fig. 3. In these calculations, it
is regarded as waste that is not recovered. This can
explain the larger difference in performance between
the two types of membrane reactors.
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At very low values of the feed stream, the differ-

ence in performance between the two membrane reac-sccm
tors becomes smaller again. This can also be explained

by the difference in selectivity between the two mem-

branes. At very low values of the feed stream, some
N2 sweep gas diffuses from the shell side into the feed X;

side of the Si@ membrane reactor and the reaction
mixture is diluted. By diluting the reaction mixture,
the theoretical yield (according to Le Chatelier’s prin-
ciple) is higher than the thermodynamigids yield

for the pure gas. For the Pd/Ag membrane reactor, the axn

back diffusion of the sweep gas is almost negligible.

This means that, at very low feed stream values, there o

will be an extra contribution to the propene yield due
to the dilution effect in the case of the Si@embrane
reactor which explains the difference in performance

11

p mean pressure (1L/&(+ pi))

standard cubic centimetres per minute:
(cm®/min STP)

weight hour space velocity (mass [g] of
feed gas per hour per gram of catalyst)
molar ratio of componerit

yield of the reaction

WHSV

Y

Greek symbols

Qo permselectivity

Knudsen separation factor

gas flux through the membrane
selectivity of the reaction

& conversion of the reaction

P
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